An experimental and modelling study was done to investigate supercritical water desalination (SCWD) with respect to energy consumption as a function of the NaCl concentration (0 to 20 wt%). Pilot plant experiments were performed for different flow rates and feed concentrations, and used for the validation of the thermodynamic models (eNRTL and Anderko & Pitzer) employed for phase equilibria and enthalpy calculations. Experimental and modelling results showed that the lowered heat capacity of the feed streams, while increasing the concentration from 0 to 7 wt%, leads to improved performance of the feed -supercritical water (SCW) heat exchanger (HEX), evident from a higher feed outlet temperature. For concentrations of ≥14 wt%, pre-heating of the feed, prior to the HEX, is recommended due to the decrease in the SCW recovery in the SCW-brine separator. The calculated duty, of the heater bringing the heat-exchanged feed to the separation temperature, decreases with NaCl concentration due to the decrease in the feed heat capacity. The calculated overall energy consumption of SCWD was between 0.71 and 0.90 MJ th /kg feed . For higher concentration feeds, the energy input is divided between lowand high quality (temperature) heat. determined the thermal energy requirement to be between 178 and https://doi.
Introduction
Brine management has gained increased attention in the past few years due to the growing demand for fresh drinking water and the accompanying increased brine production. According to Jones et al. [1] , the global desalinated water production is 95.4 million m 3 /day, while the brine production is 141.5 million m 3 /day. Almost 50% of the brine producing plants are located less than one kilometre from the coastline and in most cases brine waste is discharged into the oceans. However recently, more stringent regulations are being put into effect to prevent the discharge of waste brine streams into the oceans and lakes, which is already threatening the ecosystem and marine life [2] [3] [4] [5] . The demand for zero liquid discharge (ZLD) technology is, therefore, increasing as new methods need to be developed for the treatment of brine streams.
Supercritical water desalination (SCWD) is a ZLD technology that utilises the non-polar nature of water under supercritical conditions (Temperature > 374°C, Pressure > 22.1 MPa) to separate salt from water. This approach to desalination has been investigated for the treatment of seawater and more concentrated waste brine streams (≥3.5 wt% NaCl) [6] [7] [8] . Under supercritical conditions, the properties of water start to change significantly, causing the water to become nonpolar in nature. Consequently, the solubility of inorganicssuch as saltin water decreases and inorganics can be easily separated from water [9] [10] [11] . The phase behaviour and removal of different salts from supercritical water (SCW) has been extensively studied using various laboratory scale set-ups [12] [13] [14] [15] [16] [17] [18] and recently pilot plant scale facilities have been built and tested [6] [7] [8] .
The advantage of this technology, over conventional desalination processes, is that it is robust (extensive pre-treatment is not required) and is applicable to different brine streams with varying concentrations. Depending on the separation conditions, the recovery of drinking water can be up to 93% (mass basis) for a feed concentration of 3.5 wt% NaCl. A major drawback is, however, that the process is energy intensive. In their conceptual design of the SCWD process, Odu et al. [18] estimated the thermal energy requirement to be 450 MJ th /m 3 drinking water for a 3.5 wt% NaCl feed. In this section, the thermal energy only refers to the energy required to heat the feed to the separation temperature (after heat integration) and for the separation itself, no other thermal energy requirements (e.g. cooling) of the process are considered. Lopez & Trembly [7] simulated a SCWD unit with pre-treatment (chemical pretreatment to reduce the concentration of scale forming salts) and estimated the thermal energy requirement to be between 647 and 726 MJ th /m 3 feed . In a later study, Ogden & Trembly [8] experimentally 495 kJ/kg, depending on feed concentration and separation pressure. For conventional desalination processes, the energy consumption is much lower, at 30 MJ el /m 3 drinking water for seawater reverse osmosis and 300 MJ th /m 3 drinking water for multi-stage flash, but they are not ZLD technologies, producing a concentrated brine waste [19] .
For the above mentioned SCWD studies, the energy required to heat the feed to the desired separation temperature was the main contributor to the overall energy consumption of the SCWD process. Reducing the heating requirement should thus be the main target for reducing the overall energy consumption of the unit. Steps have already been taken by utilising the heat from the produced SCW to heat the feed [6] . Another manner in which the energy consumption can be decreased is by increasing the salt concentration of the feed. Salt has a lower heat capacity compared to that of water, with the heat capacity of NaCl being 0.88 kJ/kg K [20] and that of water 4.19 kJ/kg K [21] at 25°C and 1 bar. Lowering the heat capacity of the feed could result in lowering the energy required to heat the feed to supercritical conditions. There are, however, drawbacks to increasing feed concentration such as lowering the SCW recovery, which could alter the heat exchange potential. The aim of this work was to investigate the energy requirement (specifically the feed heater, see Fig. 1 ) of SCWD, as a function of the NaCl concentration of the feed. The research approach was based on experiments performed on a pilot plant scale SCWD unit and process modelling. To support the latter a thorough validation (experimental and literature based) was done of the thermodynamic model used to calculate the properties in the supercritical section of the unit.
SCWD process
The proposed layout of SCWD unit with ZLD and phase separation is shown in Fig. 1 .
The SCWD process can be divided into three main sections, namely the heating section consisting of a heat exchanger (HEX) and a heater, the gravity separator and the brine recovery units (ZLD units). For our proposed SCWD scheme, a saline feed (#1) was firstly pressurised and then heated in a counter-current HEX using the supercritical water (SCW) outlet stream (#5) as the hot fluid. To ensure the desired separation temperature was reached additional heat was provided by the heater, before the stream entered the separator. Inside the gravity separator, the SCW phase (500-700 ppm NaCl) was separated from the concentrated hydrothermal brine phase (#8; 30-50 wt% NaCl) as shown in the phase diagram. The concentrated brine accumulated in the gravity separator up to a certain level, while the SCW was continuously removed. Afterwards the brine was rapidly expanded into the brine recovery units by opening the high-pressure, high-temperature valve.
In our previous work [6] , the detailed operation and first results of a SCWD pilot plant for feeds of 3-16 wt% NaCl were presented. For the pilot plant experiments, the brine expansion only occurred in one step (1st stage flash), however, experimental results and calculations showed that a one-step expansion was not sufficient in obtaining ZLD. Based on theoretical calculations, a two-step separation scheme was proposed, in which an additional flash-evaporation step was added to further dry the salts [6] .
Thermodynamics and validation
The modelling of the SCWD unit was divided into two sections, namely the supercritical and subcritical section. The supercritical section included the cold outlet (stream #3 - Fig. 1 ) and hot inlet (#5) stream of the HEX, as well as the separator feed (#4) and the concentrated brine (#8). The subcritical section covers the feed stream (#1), cold inlet (#2) and hot outlet (#6) streams of the HEX, together with the brine recovery section streams (#9-#14). 
Supercritical section
The supercritical section was modelled using the equation of state (EoS) developed by Anderko & Pitzer (AP) [22] . This EoS is a Helmholtz free energy-based model that calculates the residual Helmholtz free energy of the system, with the ideal gas state adopted as the standard state for all components. The AP EoS assumes complete electron pairing. Therefore, the process was modelled as a two-component system, consisting of NaCl (1) and H 2 O (2). This assumption was made based on the significant decrease of the dielectric constant of water under supercritical conditions, which will lead to the re-association of the ions to form NaCl [22] . The AP EoS consists of two parts, namely the reference and perturbation parts, with the reference part divided into the repulsive and dipolar contributions. The equation for the residual molar Helmholtz free energy is given as follow [22] :
The repulsive contribution was described by the hard-sphere mixture free energy model and the dipolar contribution was calculated as the difference between the molar Helmholtz free energy of the dipolar hard spheres and that of the simple hard spheres. The perturbation part, which accounts for the deviations from the reference part, was described by an empirically fitted truncated virial-type expansion. For the pure and binary interaction coefficients of NaCl and water (included in the perturbation part), the values reported by Kosinski & Anderko [23] were used. These parameters have also been used for calculating the thermodynamic properties of supercritical water oxidation [24, 25] and for verifying the empirical correlations reported by Driesner [26, 27] . All detailed equations and information can be found in [22] .
The specific enthalpy of a supercritical stream was calculated as the sum of the pure component enthalpies and the non-ideal mixing (excess) enthalpy:
For water, the pure component enthalpy was obtained from the International Association for Properties of Water and Steam Industrial Formulation 1997 (IAPWS IF-97) steam tables (Matlab XSteam) [21] . The enthalpy of NaCl was determined by integrating the isobaric heat capacity correlation fitted by Driesner [27] . The correlation was obtained from fitted isobaric heat capacity data [28] and calculated enthalpies from a standard thermodynamic expression (heat capacities were then calculated from the temperature derivative). The non-ideal mixing (excess) enthalpy was determined from the AP EoS using Eq.
(3), which was derived from the Gibbs free energy equation [27, 29] :
All partial derivatives of Eq. (3) were determined numerically, applying the central difference method. The excess molar enthalpy was then calculated by numerically integrating (trapezoidal rule) Eq. (3) from pure water (X NaCl = 0) to the molar salt concentration of the solution (X NaCl ). The numerical errors made during differentiation (interval of 0.0001) and integration (interval of 0.001) were minimal (decreased with a decrease in NaCl concentration) and had a negligible effect on the calculation results. The maximum error values (20 wt% NaCl solution) can be found in the supporting information (SI).
Subcritical section
The subcritical section was modelled using the symmetric reference state, electrolyte non-random two liquid (eNRTL) activity coefficient model developed by Song & Chen [30] , which utilises a hypothetical pure fused salt reference state for the calculation of the activity coefficients for the ions, instead of the conventional infinite dilution reference state. Yan & Chen [31] modelled the thermodynamic properties of a NaCl-Na 2 SO 4 -H 2 O mixture extensively and fitted the interaction parameters for the model for temperatures up to 200°C and concentrations up to saturation ( ± 26 wt% NaCl at ambient conditions). The validated interaction parameters determined in that paper were used for this study.
To ensure unity with regards to the specific enthalpy calculations, the enthalpy was calculated as the sum of the pure component enthalpies at the system temperature and pressure and the excess enthalpy (the same as for the supercritical section). The excess enthalpy was calculated from the activity coefficients determined from the eNRTL equation, assuming complete dissociation of the ions. The dissociation enthalpy of NaCl is added to account for the ideal mixing term being the associated NaCl and not the ions. The specific enthalpy for the subcritical streams was calculated as follow:
With:
For the dissociation enthalpy
The dissociation enthalpy is −3.8 kJ/mol and the dissociation heat capacity is −0.13 kJ/mol/K at 25°C [20] . The contribution of dissociation was minimal, being below 6% of the specific enthalpy for a feed of 20 wt% (effect of dissociation would be highest for higher feed concentrations) in the temperature range 25-300°C. Originally, the model was fitted for 25-200°C, however, since Yan & Chen [31] also fitted caloric data such as dissolution enthalpy, liquid enthalpy and heat capacity, the temperature dependence of the model was adequately accounted for and reliable results could still be obtained outside the temperature range of the fitted data [20] . For this study, the enthalpy calculations were performed up to a temperature of 300°C. The specific enthalpies for 0.068, 3.5, 7.0, 16 and 20 wt% NaCl solutions were compared with the results of the Driesner correlations [27] for a temperature range of 20 to 300°C and a constant pressure of 270 bar, with the maximum deviation being 5%. The comparison can be seen in the SI ( Fig. S.5 ).
Validation
Validation of the modelling was done for the condition range of interest, namely 300 to 500°C, 1 to 300 bar and compositions of 0 to 50 wt% NaCl, using various data sets found in literature as well as experimental pilot plant data. In the SI, the comparison with literature data for vapour-liquid equilibrium (VLE) and density can be found. For validation with the experimental data of our pilot plant the SCW NaCl concentration (0 to 7.0 wt%) and recoveries (both directly measured) were compared. Experiments were performed for a separation temperature and pressure of 430°C and 270 bar so the concentration did not vary greatly, however, the recovery did change due to differences in the feed concentration. The equations for the composition and recovery are given in the SI. The parity plots for the concentration and recovery are given in Fig. 2 
The results show that the AP EoS is able to predict both the SCW concentration and recovery within an accuracy of 10 and 5%, respectively. The validation of the specific enthalpy calculations was more challenging due to literature data being mostly available in the form of calculated data by previously developed EoS, such as those by Tanger & Pitzer [32] and Bischoff & Rosenbauer [33] or in the form of empirical correlations such as those by Driesner [27] and Palliser & McKibbin [34] . In the SI, the comparison of the specific enthalpy with other EoS and correlations is given, however, this is not a validation. In order to have an indication that the AP EoS determined enthalpies are correct the HEX cold outlet temperature was calculated by performing an energy balance over the HEX and using the AP EoS to calculate the enthalpy (calculation procedure provided in the SI). The results were compared with temperatures calculated assuming ideal mixing (only the pure component enthalpies are summed) to assess the accuracy of the non-ideal mixing enthalpy calculated from the AP EoS. The heat loss of the HEX was determined from the pure water runs and the steam tables (IAPWS IF-97) by calculating the difference between the hot and cold stream duty. The heat loss was 0.92 MJ/h for a 2 kg/h feed and 1.81 MJ/h for a 5 kg/h feed and was assumed to be constant for all concentrations. The parity plot is given in Fig. 3 .
TThe results show that the AP EoS is able to predict the temperatures within a 2% deviation from the experimental results. For the ideal mixing calculations, the deviations from experimental results are greater and the temperature is consistently under-predicted, especially for 2 kg/h. This is a strong indication that the enthalpies calculated for the AP EoS are more accurate in comparison to an ideal mixing approach.
Experimental results
Pilot plant experiments were performed for feed flow rates of 2 (0, 1.0, 3.6 and 7.0 wt% NaCl feed) and 5 kg/h (0, 1.0 and 3.6 wt% NaCl feed) respectively. Higher feed concentrations could not be used as brine accumulation was too rapid for steady state conditions to be reached. All experiments were performed for a separation temperature and pressure of 430 ± 1°C and 270 ± 2 bar, respectively. The HEX results are summarised in Table S .3 in the SI. The HEX cold outlet temperatures for feed rates 2 and 5 kg/h are compared in Fig. 4 for different feed concentrations.
FFor varying feed rates, the absolute cold outlet temperatures are higher, however, the ratio between the cold outlet and hot inlet temperature (values given in Fig. 4 ) remain the same. Thus, the feed rate does not increase the HEX cold outlet temperatures for the performed experiments. The ratios for 2 and 5 kg/h are the same due to the high heat transfer effectiveness (~99%) of the pilot plant HEX, as seen from Table S .3 in the SI. The temperatures and ratios, however, do increase with NaCl feed concentration. As the feed concentration increases, the heat capacity of the feed stream decreases as well as the SCW recovery. These two occurrences have an opposing effect. A decrease in heat capacity of the cold stream will improve heat exchange potential, in that less energy is required for heating the feed, however, a decrease in the SCW recovery will result in less energy available for heat exchange. From the experimental results it can be seen that for feed concentrations 1.0 to 7.0 wt% NaCl, the decrease in the heat capacity will have the governing effect as the HEX cold outlet temperature increases. For higher feed concentrations, the effect of decreased SCW recovery will become significant and the heat exchange potential will be less (refer to Section 5.2).
To further elaborate on the effect of lowered heat capacity, the composite curves for pure water and 7.0 wt% NaCl are compared in Fig. 5 . The cold curve was shifted so that a minimum temperature difference of 10°C is maintained at the pinch point. Both curves were extended to 430°C (set-point of the feed heater) and the measured cold outlet temperature is indicated with the black dot. For pure water the pinch point is reached in the temperature transition region around the pseudocritical point (for 270 bar the pseudocritical temperature of water is 391°C). In this region heat exchange becomes less, due to the decrease in ΔT between the hot and cold stream. As the NaCl feed concentration increases the critical point of the feed stream shifts to a higher temperature (pseudocritical temperature is ± 410°C for 7 wt% NaCl) and the energy required to reach the supercritical state decreases due to the heat capacity of NaCl being lower than that of water. Consequently, 1) the plateau area for the feed decreases and becomes steeper and 2) the pinch point temperature increases. These two factors assist with heat exchange potential between the streams and higher cold outlet temperatures are achieved.
Modelling results

SCWD process calculations
In Fig. 6 , an overview of the process is given along with the corresponding equations and models used for the calculation of the process equipment. This was done only for the high-pressure pump, HEX, feed heater and gravity separator of the SCWD unit. The brine recovery section will be discussed in subsequent work. Calculations were performed assuming both ideal and non-ideal mixing (AP EoS) for a feed stream of 3.5 wt%. For the HEX calculations, the cold inlet temperature of 25°C was taken and a heat exchange effectiveness (see Eq. (S.17) in the SI) of 90% was assumed with no heat loss.
The stream data can be found in the SI (Table S. 4) . From the data it was seen that the contribution of the excess enthalpy is minimal for the subcritical region and the SCW stream. However, in the supercritical region for NaCl concentrations of 3.5 wt% and greater the effect of the non-ideal mixing enthalpy contribution to the total enthalpy becomes more pronounced (up to 44% for the brine stream). The main difference is observed for the HEX-heater section. For ideal mixing, the cold outlet temperature is under-predicted (as also shown in Section 3.3). If this under-predicted temperature is used to calculate the feed heater duty the value is comparable to that of the AP EoS determined duty. However, if the temperature is set to 413°C the ideal mixing duty would be under-predicted (0.15 MJ th /kg feed ). This is due to the heat of separation, which increases the feed heater duty. The calculation was also tested for a feed of 7 wt% NaCl. The cold outlet temperature was 393°C (ideal mixing) and 416°C (non-ideal mixing) and the subsequent calculated duty was 0.52 and 0.43 M Jth /kg feed (21% difference) for ideal and non-ideal mixing respectively. For 10 wt%, the difference between ideal (0.65 M Jth /kg feed ) and non-ideal (0.50 M Jth /kg feed ) increased to 30%, due to the effect of non-ideal mixing increasing with feed concentration. For concentrations higher than ± 10 wt%, the cold feed needs to be pre-heated before heat exchange due to a shift in pinch point (see Section 5.2) and the results for these feeds will be discussed in Section 5.4. On a drinking water basis the feed heater duty (non-deal mixing basis) was 382, 528 and 668 MJ/m 3 drinking water for a 3.5, 7 and 10 wt% feed, respectively. Odu et al. [18] calculated (using the Driesner correlations) the thermal energy requirement to be 450 MJ th /m 3 drinking water (feed of 3.5 wt% NaCl) to heat a 3.5 wt% feed from 415 to 460°C at 300 bar. Lopez & Trembly [7] simulated a SCWD unit with chemical pre-treatment in Aspen Plus using the eNRTL model. The separation occurred at 430°C and 221 bar and reasonable results could be obtained, however, when the pressure is further increased (to 270 bar) the discrepancies become significant. From the simulation, they estimated the energy consumption of the separator (solution was directly heated in the separator from 362 to 430°C) to be 647-726 MJ th /m 3 feed (variation is due to difference in pre-treatment step) for a 15.5 wt% feed stream. In a follow-up study Ogden & Trembly [8] , experimentally investigated a pilot plant scale SCWD unit and determined (combination of experiments and Driesner correlations) the energy requirement to be between 389 and 495 kJ/kg (230-280 bar) for a 5 wt% and between 178 and 422 kJ/kg for a 18 wt% multicomponent feed. They also concluded that the eNRTL model was not sufficient in accurately determining results.
Composite curves
The effect of NaCl feed concentration on heat exchange and the remaining hot utility requirement (feed heater duty) was further investigated for higher concentration brines. Four feed concentrations typically found in industry were considered namely: 3.5 (seawater), 7.0 (reverse osmosis reject stream), 14 (mining/dairy industry) and 20 wt% NaCl (multi-effect evaporation feed stream). The cold inlet was set to 25°C (3.5, 7.0 and 14 wt%) and hot outlet to 35°C. The feed flow rate was set to 10 kg/h for all feeds and the pressure was set to 270 bar. The SCW (0.068 wt% NaCl) flow rates were calculated for separation temperature and pressure of 430°C and 270 bar, with the values reported in the graphs. It was assumed that the pressure drop over the hot and cold side of the heat exchanger is negligible, which was in agreement with the experimental results. The cold curve for feed concentrations 3.5 and 7.0 wt% was shifted so that a minimum temperature difference (ΔT min ) of 10°C was maintained at the pinch point. The composite curves for the four different feed concentrations are given in Fig. 7a-d . The minimum hot utility requirements are also reported in the graphs.
The results show that the hot utility requirement will decrease for higher feed concentrations due to the decrease in feed heat capacity. For higher feed concentrations, the pinch point shifts to the bottom of the composite curves namely, the inlet of the cold curve. This is due to the decrease in the SCW recovery becoming the dominating effect as opposed to the decrease in feed heat capacity. This will limit the heat exchange and lower the cold outlet temperatures for higher feed concentrations. To overcome the heat exchange limitation, the feed stream should be pre-heated before entering the heat exchanger. Preheating the feed will shift the pinch point to the higher temperature region. For a feed concentration of 14 wt%, the temperature difference at the inlet was marginally smaller (10°C), than the temperature difference at the transition region (12°C). Even though it seems as if the effect of pre-heating the feed and shifting the curves will be minimal, for the hot utility requirement, this will have a notable influence on the heat exchanger as will be seen in Section 5.3. For a feed concentration of 20 wt%, the feed was pre-heated to 200°C and the cold curve was shifted closer to the hot curve (ΔT min = 10°C at the pinch point), as shown in Fig. 7d . By pre-heating the feed, the pinch point shifted back to the transition region of the SCW (higher temperature region). The required hot utility (to heat the feed to 430°C) is 1.05 MJ/h, however, 5.60 MJ/h is also required to pre-heat the feed to 200°C. 70% of this energy can be supplied by the remaining SCW energy (3.92 MJ/h) through stream splitting (see Section S.5.2 of the SI). The remaining heat can be supplied either by utility streams or other process streams such as brine waste streams.
From Fig. 7d , it can also be seen that the cooling requirement for the SCW stream will increase. From the composite curve the cooling requirement is estimated to be 4.01 MJ/h. However, when referring to the stream splitting scheme in the SI, it is seen that the SCW is cooled to 38°C and thus the further cooling requirement is minimal. Additionally, the SCWD unit would most likely be integrated with another process, as a brine waste treatment step, for which the SCW stream could also serve as a utility stream and further cooling would not be required.
Increasing the separation pressure will also have an effect, as the critical point (where the pinch point is usually located) is shifted to a higher temperature region. Increasing the separation pressure (constant separation temperature) increases the pseudocritical temperature (similar to the effect of salt addition) and the latent heat, required for phase transition, becomes more distributed over a certain temperature interval [35] . The composite curves for a 3.5 wt% NaCl feed at 250, 270 and 300 bar are given in Fig. 8 . The cold curve was shifted so that ΔT min is equal to 10°C at the pinch point.
The minimum required heat utility will decrease, however, the drawback of increasing the pressure is that the quality of SCW will decrease (higher NaCl concentration) as well as the recovery. The separation temperature would have to be increased once more to reach the specified requirements. Increasing the feed concentration will also decrease the SCW recovery, but the NaCl concentration of the SCW will remain the same as this is only a function of separation temperature and pressure. Overall when comparing the change in the minimum hot utility requirement for feed concentration and pressure, it is seen that feed concentration has a greater influence on the heat exchange potential.
SCWD HEX and feed heater
Heat recovery plays an important role in making the energy intensive process viable. As shown above, heat from the SCW stream is utilised to heat the feed stream before it is further heated in the feed heater, which is the main energy consumer of the process. Higher cold (feed) stream outlet temperatures at the HEX will translate into a lower energy requirement for the heater and can be achieved by increasing the heat exchange area of the HEX. There is, however, a trade-off that needs to be made between the size of the heat exchanger (capital costs) and the cost of energy for the feed heater (operational costs). The tradeoff between heat exchange and feed heater energy duty is compared in Fig. 9 . The HEX cold outlet temperature is plotted as a function of the U.A/m feed value for different feed concentrations, while the feed heater duty, as an indicator for the operational costs, is also shown. The U.A were calculated by using counter-current heat exchanger equations assuming no heat loss (See Section S.3.3 in the SI). The pressure was set to 270 bar and the hot inlet temperature to 430°C, while the HEX effectiveness (and consequently the hot outlet temperature) was varied. Originally the cold inlet temperature was set to 25°C for all feed concentrations. However, for higher feed concentrations (> 14 wt% NaCl) the heat transfer becomes limited at the cold feed inlet side (see Section 5.2). The feed is pre-heated to 100°C for 14 wt% and 200°C for 20 wt%. For these temperatures the pinch point is once more in the high temperature region. The feed heater duty covers the heating of the HEX cold stream from the outlet temperature to the separation temperature (430°C) as well as the separation between the SCW and the concentrated brine phase (see Eq. (S.20) in the SI). The HEX pre-heater duty of the feed is not shown in the graph but mentioned in the caption of Fig. 9 .
In the SI (Section S.5.3) the U.A/m feed values can be found for the case when the cold inlet temperature is 25°C for all feeds. In that case the cold outlet temperature for the 20 wt% feed was not > 340°C due to the pinch point being at the cold inlet side. From Fig. 9 , it is seen that a U.A/m feed value between 20 and 25 kJ/kg·K would be the best compromise between the duty of the feed heater and the HEX size. Between 20 and 25 kJ/kg·K, the rate of decrease in feed heater duty is lower, especially for 20 wt%, and a larger HEX size will not significantly reduce the energy consumption of the feed heater.
From the simulation results of Lopez & Trembly [7] , the U.A/m feed values were calculated for their feed HEX, assuming an overall heat transfer coefficient of 1500 W/m 2 K. The calculated values were 12 and 14 kJ/kg·K (varied with pre-treatment) for a 15.5 wt% multicomponent feed. The values are lower than the range selected in Fig. 9 , however, the outlet temperature for their HEX was also lower, being 362°C for both cases. 
Total SCWD energy consumption
An overview of the total energy consumption of the SCWD for the four different concentrations is given in Table 1 . A U.A/m feed value of 20 kJ/kg K (see Fig. 9 ) was selected for the calculation of the feed heater duty. The separation conditions were set to 430°C and 270 bar, and the 14 and 20 wt% feeds were first pre-heated from 25°C to 100 and 200°C, respectively.
When comparing the results in Table 1 , it can be seen that the overall energy consumption of the SCWD process decreases with increased feed concentration when based on the amount of brine fed. This is attributed to the lower heat capacity which 1) leads to improved heat exchange potential inside the HEX, allowing for higher cold (feed) outlet temperatures, and 2) directly lowers the energy requirement of the feed heater. For a feed concentration of 14 wt% the feed heater inlet temperature is lower than for 7 wt%, however, due to the decrease in the heat capacity the heater duty and total energy consumption is still below that of a 7 wt% feed.
Another advantage of having a higher concentration feed is that the energy requirement can be divided between highand low quality heat (temperature). For lower concentration feeds, only high quality energy from e.g. fired heaters will be needed to heat the feed to supercritical conditions. On the other hand, for more concentrated feeds (> 7 wt% NaCl), only a fraction of the total energy requirement needs to be supplied by fired heaters (high quality expensive energy), the rest can be supplied by utilities such as steam (lower quality, less expensive energy). This will be reflected in the capital and operational costs of the SCWD unit.
On a drinking water basis the energy consumption of the SCWD process will increase with feed concentration, which is due to the reduction in the SCW recovery. This shows that SCWD is better suited for the treatment of waste brine streams, rather than the production of drinking water from low saline feeds.
Conventional ZLD comparison
Conventional ZLD processes usually consists of multiple process units, which can be divided into two steps namely the brine concentration step and the crystallisation step. Brine concentration is usually done using mechanical vapour compressor (MVC) brine concentrators or thermal concentrators. Membranes are sometimes also used, however, for this section only thermal/mechanical units are discussed. Crystallisation is usually done through evaporation of the water (Evaporative crystallisation -EC), although eutectic freeze crystallisation (EFC) is also sometimes applied. In Table 2 the energy consumption of the different units is summarised.
Upon comparing the energy consumption of the units to that of SCWD (Table 1 ) it is seen that SCWD has a higher energy consumption than for the conventional ZLD standalone units. When looking at the energy consumption of a complete ZLD process (energy requirement of brine concentrator and crystalliser together) the total energy requirement is 0.37 MJ th /kg feed [37] and 0.51-0.63 MJ th /kg feed [38] . Compared to the values in Table 1 , the energy requirement of SCWD is still higher as a standalone unit. However, if the process were to be integrated as a post-treatment step for another process, the energy consumption could be further reduced, as these streams will already be partly heated and pressurised. Energy can also be retrieved from the ZLD section of the unit (stream 12, Fig. 1 ) and used to pre-heat the feed stream for higher concentration feeds.
Conclusions
The influence of NaCl feed concentration on the energy consumption of SCWD was investigated both experimentally and theoretically. Validation with both experimental pilot plant results and literature data showed that the AP EoS was able to accurately predict phase equilibria measurements in the supercritical region. Compared to an ideal mixing approach, the AP EoS was superior in predicting the enthalpies. The experimentally measured cold outlet temperatures of the pilot plant feed-SCW HEX, showed that for feed concentrations of 1.0 to 7.0 wt% NaCl, the reduction in the feed heat capacity had the dominating effect (as opposed to the decrease in the SCW recovery). The heat exchange potential increased with feed concentration, as evident from the increase in the measured cold outlet temperatures. For higher feed concentrations (> 7 wt%) the reduction in SCW recovery became significant enough that the pinch point of the composite curves shifted to the lower temperature region. This resulted in lower cold (feed) outlet Fig. 9 . Outlet temperature of cold stream from HEX and feed heater duty as a function of the HEX size parameter U.A/m feed for different feed concentration (solid -HEX cold stream outlet temperature; dashedfeed heater duty; ■ 3.5 wt%; 7 wt%; 14 wt% (HEX pre-heater duty: 0.026 MJ th /kg feed ); 20 wt % (HEX pre-heater duty: 0.17 MJ th /kg feed )). temperatures for the HEX. Pre-heating the feed prior to the HEX shifted the pinch point to the higher temperature region once more, which assisted with improving heat exchange potential. Theoretical results showed that for higher separation pressures, the heat exchange potential also improved as evident from the calculated minimum hot utility requirement of the composite curves. Increasing the pressure, however, increased the NaCl concentration of the SCW stream and decreased the SCW recovery (higher feed concentration also decreased the recovery). The calculated overall SCWD energy consumption decreased with feed concentration. This is due to the lowered heat capacity, which contributed to improving the heat exchange potential in the HEX and also directly lowering the energy requirement of the feed heater. The energy requirement for higher concentrations can be divided between low quality energy (pre-heating the HEX feed) and high-quality energy (reaching separation temperature) as opposed to only high quality (temperature) energy required for lower concentration feeds.
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